The potential of carbon capture from coal gasification power plants by H 2 selective ceramic membranes is investigated. Detailed models of a reference power plant and three different carbon capture concepts were setup with Aspen Plus and Ebsilon. Parameter variations were performed to investigate the influence of membrane characteristics and power plant specific boundary conditions on the performance of the capture concepts. For ceramic membranes with a selectivity of H 2 versus N 2 and CO 2 of 500 the results showed that for a sour CO-shift and sweet CO-shift efficiency losses of 9.07 and 9.43 % points are feasible, respectively, while separating about 97 % of the CO 2 with a purity of 95 %. A ceramic membrane reactor concept with simultaneous CO 2 separation and CO-shift was the third carbon capture concept investigated. This concept achieves separation degrees of 96.6 % and purities above 95 % with an efficiency loss of 6.7 % points. 
Introduction
The current work focuses on the pre-combustion CO 2 capture technology applied in an integrated gasification combined cycle (IGCC) power plant. Much effort was invested in the evaluation of physical scrubbing processes for this capture concept. The results show efficiency losses between 7 % and 11 % for capturing rates between 85 % and 92 % [1] [2] [3] . Membrane technologies are a viable alternative to scrubbing processes. Different membrane types are suitable for the application in IGCC power plants: Ceramic, metallic and polymeric membranes. This paper concentrates on the integration of ceramic membranes and membrane reactors into IGCC's. CO 2 selective polymeric membranes are investigated in [4] [5] and [6] . Kaldis [4] calculates a purity and a separation degree of 88 % and 57 %, respectively, resulting in an efficiency loss of about 8 %. Grainger's [5] results show a purity of 95 % and separation degree of 85 % for efficiency losses of about 10 % and Franz [6] determines efficiency losses of 9.7 % for 85 % separation degree and 99.5 % purity with a post-combustion of the permeate. Krishnan [7] and Franz [6] investigate H 2 selective polymeric membranes. The results show efficiency losses from 10-11.6 % points for a purity of 90 % [7] and 9.1 % for a purity of 91 % and 85 % separation degree [6] . Metallic membrane reactors are investigated by [8] , [9] and [1] . Chiesa's [8] calculations show efficiency losses of about only 4.5 % points for 100 % carbon removal. However, note that Chiesa compared his results to a reference IGCC with wet quench syngas cooling. Kaldis [4] investigates ceramic membranes and calculates efficiency losses of 11 % for a purity of 66 % and a separation degree of 7 %, but with no selectivity stated in the study. A ceramic membrane reactor is described by da Costa [10] without any reference to efficiency losses. An early study on ceramic membrane reactors was done by Bracht [11] . He states efficiency losses of about 4 % for separation degrees of about 80 % without efficiency losses for compression integrated into the calculations.
Process descriptions
Three different configurations for carbon capture by ceramic membranes in gasification power plants are investigated in this paper. To quantify the efficiency losses by the different configurations a reference IGCC without carbon capture was also evaluated. The abbreviations for the cases are NC (no capture), SoCO-M (sour CO-shift with membrane) and SwCO-M (sweet CO-shift with membrane). An option is to combine the CO-shift and CO 2 separation in one unit within a so called membrane reactor. This configuration is called SoCO-MR (sour CO-shift with membrane reactor).
NC -conventional IGCC without carbon capture
The IGCC without carbon capture (NC) is depicted schematically in Figure 1 . Air is compressed by the gas turbine compressor and about 17 % of the air is routed to the air separation unit (ASU). The air separation unit produces 95% pure oxygen in the NC case. The oxygen is compressed again and fed to the entrained flow gasifier. The gasifier converts pulverized and dried coal (grain size below 100µm and water content 1.5%) in addition with steam and oxygen at a pressure of 30 bar. The product of the gasification process is a synthetic gas (syngas) consisting mainly of CO and H 2 . Besides these species the syngas also contains dust and gaseous pollutants (HF, COS, H 2 S,...). Therefore, extensive gas conditioning is mandatory before the syngas can be routed to the gas turbine. Preceding the gas conditioning the syngas has to be cooled, which is achieved in three steps. First the hot syngas (1300°C) is quenched with recirculated syngas resulting in a temperature of 900°C, followed by a convective syngas cooler producing intermediate and high pressure steam further reducing the temperature to about 450°C. The last cooling step is a rawgas/cleangas heat exchanger reheating the syngas after the gas conditioning process, omitted in Figure 1 for the sake of simplicity. In the gas conditioning process the syngas is first dedusted by a ceramic filter unit.
In a venturi scrubber the remaining dust particulates are removed together with water soluble pollutants like HCl, NH 3 and small amounts of H 2 S. In a catalytic COS hydrolysis COS is converted together with H 2 O to H 2 S and CO 2 . The H 2 S is removed by a MDEA absorber/stripper system. The gas stream has to be cooled to about 40°C upstream of the MDEA system reducing the water content significantly. After reheating the syngas stream is saturated with water and reheated in the rawgas/cleangas heat exchanger to about 330°C. The clean syngas is then mixed with the N 2 from the ASU and fed to the gas turbine combustion chamber. The hot flue gas is routed to a heat recovery steam generator. Figure 2 depicts the integration of a sour CO-shift and a membrane unit for CO 2 separation. In order to improve the purity of the separated CO 2 the ASU is producing oxygen with a purity of 99.5 %, resulting in a higher energy demand. In the SoCOM case the CO-Shift is placed upstream of the desulfurization. The advantage of a sour COshift is that the water content (about 9%) in the syngas after the gasifier can be utilized for the shift reaction, thereby reducing the steam demand. After the following gas conditioning steps -dedusting and desulfurization -the syngas is fed to the ceramic membrane at a pressure of 22 bar. The membrane is H 2 selective and therefore can be operated in sweep gas mode. The excess N 2 coming from the ASU is used as the sweep gas.
The use of a sweep gas has two advantages: The membrane area is reduced and the hydrogen stays at a high pressure, hence no recompression upstream of the gas turbine is necessary. The retentate contains mainly CO 2 together with unseparated H 2 and unconverted CO. To increase the purity a post combustion process with pure oxygen from the ASU follows. The heat generated in the post combustion unit is used to produce steam, which can be utilized in the steam turbine. The CO 2 is then cooled and compressed to 200 bar. The permeated H 2 is saturated with water and fed to the gas turbine combustion chamber. Note that because of the low water content and the temperature range upstream of the membrane soot formation might be possible which could plug membranes pores. If experiments show, that this phenomena occurs the following setup is preferable.
SwCO-M -Sweet CO-Shift and ceramic membrane for separation
In this case -depicted in Figure 3 -the CO-shift unit is placed downstream the gas conditioning process. The steam demand for this case is increased, because of the water content reduction upstream of the desulfurization process. The other process steps stay the same.
SoCO-MR -Sour shift with membrane reactor
In this setup a membrane reactor concept is investigated (see Figure 4) . In a membrane reactor the membrane material has to be doped with catalytic active material. The membrane material has to be catalytically active itself or Figure 2 -Sour CO-Shift case with membrane after gas conditioning the membrane tubes have to be filled with catalytic active material. Thereby, the CO-shift reaction and the separation process occur simultaneously. Membrane reactors are advantageous because the CO-shift reaction is promoted by removing one of the products. Thereby, the amount of steam necessary per mole CO can be reduced and more CO can be converted. This leads to higher efficiencies since more H 2 is routed to the gas turbine combustion chamber and the power output of the steam turbine increases because of the steam savings.
Simulation methods
The main part of the IGCC power plant was setup with the process simulation tool Aspen Plus. Except the HRSG and the membrane or membrane reactor all process units were mapped by the models available in the Aspen Plus software. The HRSG was modeled with Ebsilon because this software shows excellent convergence for steam cycle simulations. The membrane and the membrane reactor are modeled by a Fortran code. This code can be integrated as a subroutine into Aspen Plus. The coupling between Aspen Plus and Ebsilon is achieved by a Fortran subroutine integrated into Aspen Plus and an EbsScript in Ebsilon, respectively. Table 1 lists the main assumptions of the Aspen Plus model. The properties of gases were calculated with the PR-BM equation of state. Electrolytes were modeled with the ELECNRTL method of Aspen Plus. For the properties of water and vapor the steam tables STEAMNBS of Aspen Plus were used. All compressors not listed in the tables were modeled with an isentropic efficiency of 89 %. The gasification reactions were assumed to be in equilibrium, except for the methanisation and boudouard reactions [12] . A Gibbs reactor with approach temperatures for the latter two equations was applied. The CO 2 compression was performed in two stages. The first stage compresses the CO 2 above the critical pressure. After intercooling the CO 2 is pumped to 200 bar. A two stage CO-shift approach was incorporated for the cases SoCO-M and SwCO-M. The layout is depicted in the left part of Figure 5 . The purpose of the saturator/cooler configuration is to reduce the excess steam demand and thereby improve the power plant efficiency. In the SoCO-M and SoCO-MR case it was assumed that COShydrolysis happens simultaneously with the CO-shift. The membrane reactor integration (SoCO-MR) is shown in the right part of Figure 5 . The membrane reactor is integrated after the second catalytic converter in this work. The HRSG was modeled with the process simulation tool Ebsilon. The different assumptions and boundary conditions are listed in Table 1 . An optimization routine was implemented in order maximize the steam turbine power production. The pinch points in the heat exchangers and the flue gas outlet temperature were the constraints for this optimization. The HRSG provides the steam and water outputs which Aspen requests for the other power plant units. For all sensitivity analyses the gas turbine power was fixed to 250 MW.
Aspen Plus and Ebsilon model methods

Membrane simulation methods
The simulation of the membranes was performed with a Fortran code, which allows to evaluate different flow configurations (co-current, counter-current and free permeation), the effects of heat transfer and pressure drop, different module forms (3-end and 4-end), the effect of concentration polarization and the simultaneous calculation of a CO-shift reaction. The permeation law for the permeation ݀݊̇ of species i over the area increment ‫ܣ݀‬ incorporated for this work was equation (1), while the CO-Shift reaction is represented by equation (2) .
ܳ is denoting the permeability in kmol/s-bar-m², which is a function of the membrane thickness and the material characteristics. For all simulations the permeability for H 2 was kept constant at 1.8956 * 10 ିହ kmol/s-bar-m². ‫‬ , and ‫‬ , represent the partial pressure of species i on the feed and the permeate side, respectively. In this paper all simulations were calculated for 4-end modules with heat exchange. Pressure drop and concentration polarization calculations were deactivated. The CO-shift calculations were based on kinetics described by Boutikos [13] .
Simulation Results
Four classification numbers are introduced for the evaluation of carbon capture performance, see equations (3) to (6) . ‫݁ܵ‬ describes the separation degree, which means, it illustrates how much CO 2 is captured in relation to the CO 2 produced by the power plant process in total. ‫ݎݑܲ‬ measures the purity of the CO 2 separated, it should at least be higher than 95%. ܴ݁ܿ stands for the hydrogen recovery factor and measures how much H 2 can be used in the gas turbine cycle, while ܵℎ‫ݎ‬ denotes the shiftrate and is a measure for the the amount of CO reacted in the shift unit.
4.1
SoCO-M
A selectivity variation was performed in order to identify the necessary selectivities. It is assumed that the selectivity of H 2 versus N 2 , CO 2 and CO is the same. The other species do not co-permeate. Figure 6 and Figure 7 show the results of the selectivity variation for a shiftrate of 92 % and 95 %, respectively. The results indicate that for a purity of 95 % a selectivity of at least 440 is necessary. Furthermore, Figure 7 indicates that for selectivities below 125 a separation degree above 90 % is not possible to achieve. Because of the catalytic post combustion the separation degree and purity for both shiftrate cases are very similar. In the 92 % shiftrate case an increase of the selectivity results in a higher efficiency loss, depicted in Figure 6 , because less unshifted CO permeates. The unpermeated CO can be processed in the post-combustion process but not in the gas turbine cycle. For the 95 % case the efficiency loss is first dropping with increased membrane selectivity and then slightly increasing. The efficiency loss decreases because less N 2 permeates to the retentate side. The loss of N 2 for the gas turbine overbalances the regain of CO 2 which permeates to the gas turbine side. The area demand for the 95 % case is increased, because as more CO is shifted more H 2 has to be recovered for a fixed recovery rate.
SwCO-M case
The SwCO-M shows the same tendencies as the SoCO-M case (see Figure 8 and Figure 9 ). In the SwCO-M case the amount of steam requested by the CO-shifting unit from the steam turbine increases, because the water content is reduced upstream of the desulfurization unit. Almost the same separation and purity degrees can be achieved, but the efficiency drop is slightly higher because of the excess steam necessary. The water content after the shifting unit involves a reduction of the H 2 partial pressure in the feed gas stream and thereby a reduction of the driving force across the membrane. Hence, the area demand of the membrane is increased. In order to increase the net efficiency large hydrogen recovery rates are desirable. The recovery rate of the SoCO-M case of 99.5 % can only be achieved in the SwCO-M case by a reduced sweep gas inlet pressure and as a consequence an additional re-compression unit after the membrane.
SoCO-MR case
In this setup a membrane reactor was integrated after the second catalytic reactor, see right layout in Figure 5 . This setup is beneficial for the CO-shift reaction (2) . The removal of one reaction product, H 2 in this case, results in a promotion of the reaction to the right hand side of equation (2). Furthermore, the sweep gas stream acts as a sink for the reaction heat. Since equation (2) is an exothermic reaction, a further promotion is achieved. Therefore, the beneficial effects are: The overall CO shifting can be increased, the steam demand of this reaction decreases and the heat of reaction is partly transferred to the sweep stream and can be used in the gas turbine cycle. The driving force across the membrane on the other hand is reduced for two reasons: First, the water content after the second shift reactor is high. Second, the conversion of CO is not finished and therefore the H 2 amount at the membrane reactor inlet is relatively small. In the setup with a gasification pressure of about 30 bar and a feed inlet pressure of 25 bar, the amount of sweep gas available from the ASU is not sufficient to achieve a satisfactory shiftrate and recovery levels at a sweep gas pressure of 23 bar. To account for this, either the gasification pressure has to be increased or the sweep gas pressure has to be decreased. The latter alternative results in a high energy demand for the compression of the permeate stream to turbine inlet pressure. In order to decrease this effort the sweep gas stream could be cooled, but this setup significantly reduces the advantages of a membrane reactor. Therefore, the option with the elevation of the gasification pressure is chosen. This involves an increase of compression energy for the O 2 and coal streams, but also reduces the compression energy of the separated CO 2 stream to pipeline pressure. Figure  10 and Figure 11 show the results for a pressure variation for two fixed membrane areas. For a fixed area the elevation of the gasification pressure results in larger hydrogen recovery rates, see Figure 10 , which results in a reduced efficiency loss despite the additional compression energy. The purity and separation degree decrease with increasing pressure, but remain on a high level. Table 2 shows the results for three capture methods and the reference case in more detail. The selectivity for the capture cases is fixed to 500. All three methods achieve a purity of above 95 % for the separated CO 2 . The comparison shows that the sour shift case has slightly higher efficiencies than the sweet shift case, 38.4 compared to 37.4 %. The best results can be achieved by a membrane reactor setup. The efficiency drop is reduced by 2.3 % and 2.7 % -points compared to SoCO-M and SwCO-M, respectively, because of the higher CO conversion rates. 
Comparison of the different cases
Conclusions
The current study based on H 2 selective ceramic membranes indicates that selectivities above 440 are required for purities of the CO 2 stream of 95%. In addition, the results show that energy efficient CO 2 separation by means of ceramic membranes is feasible. Efficiency losses below 9.5 % points could be achieved for all cases. The difference between the sour and sweet CO-shift cases is relatively small, so that the sweet concept may be preferable with respect to membrane operation safety (soot formation). The best results could be achieved with a membrane reactor concept. Due to the simultaneous CO-shift reaction and separation of H 2 the steam demand could be significantly reduced and CO-conversion rate enlarged. An efficiency loss of only 6.7% points could be achieved. This low efficiency losses could be obtained although the gasification pressure had to be increased to guarantee a high hydrogen recovery rate. Note that the higher pressure difference across the membrane for the membrane reactor concept might induce additional mechanical stresses which have to be accounted for in the membrane reactor design.
